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Recently, liquid biofuels have attracted increasing attention as renewable feedstock for
hydrogen production in the transport sector. Since the lack of hydrogen infrastructure and
distribution poses an obstacle for the introduction of fuel cell vehicles to the market, it is
reasonable to consider using liquid biofuels for on-board or on-site hydrogen generation.
Biodiesel offers the advantage of being an environmentally friendly resource while also
having high gravimetric and volumetric energy density.
The present study constitutes an experimental investigation of biodiesel steam
reforming, the main emphasis of which is placed on finding optimum operating conditions
in order to avoid catalyst deactivation. Temperature was varied from 600 C to 800 C,
pressure from 1 bar to 5 bar and the molar steam-to-carbon ratio from 3 to 5. Based on the
experimental results, coke formation and sintering are identified as the main deactivation
mechanisms. Initiation of catalyst deactivation primarily depends on catalyst inlet tem-
perature and feed mass flow per open area of catalyst. By using a metallic based precious
metal catalyst, applying low feed flow rates (31 g/h∙cm2) and a sufficiently high catalyst
inlet temperature (>750 C) coking can beminimized, thus avoiding catalyst deactivation. A
stable product gas composition close to chemical equilibrium has been achieved over 100 h
with a biodiesel conversion rate of 99%.
Copyright © 2014, The Authors. Published by Elsevier Ltd on behalf of Hydrogen Energy
Publications, LLC. This is an open access article under the CC BY-NC-ND license (http://
creativecommons.org/licenses/by-nc-nd/3.0/).Introduction
Today, approximately 65 million tons of hydrogen are pro-
duced annually worldwide [1]. Steam reforming of natural gas
is the prevalent hydrogen production technology. Large
quantities of hydrogen are needed in the chemical and
petrochemical industry, in particular for ammonia produc-
tion, oil refining andmethanol synthesis. Moreover, hydrogen82; fax: þ49 711 6862 665
Martin).
d by Elsevier Ltd on behalf of
/licenses/by-nc-nd/3.0/).is increasingly discussed as a fuel for transport applications
[2]. Especially production from logistic fuels is considered as a
viable option to acceleratemarket introduction of hydrogen as
an alternative energy carrier [1].
Auxiliary power units (APUs) for on-board power genera-
tion based on liquid fuels are generally regarded as one
important early market for fuel cells (FCs) in transport.
Detailed analysis of the market for diesel proton exchange
membrane (PEM) fuel cell APUs revealed a market demand for.
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States and elsewhere [3]. On-board APU systems can help
reduce greenhouse gas emissions. By coupling fuel processor
systems based on liquid fuels with solid oxide fuel cell (SOFC)
or PEM based APUs, CO2 emissions can be reduced by up to
33% [4]. Apart from directly coupling a fuel processor with an
FC, reforming of liquid biofuels can be applied for on-site
decentralized hydrogen production, for instance by inte-
grating a reformer system into an existing refueling station as
currently investigated in the FCH JU project NEMESIS2þ (New
Method for Superior Integrated Hydrogen Generation System
2þ). Thereby problems related to the lack of hydrogen infra-
structure can at least be partly avoided [5].
Recently, biodiesel has been attracting increasing attention
as a renewable and environmentally friendly resource for fuel
cell applications [6,7]. Currently, biodiesel is produced at a rate
of approximately 30 billion liters per year, thus representing
19% of world's biofuel production [8]. Biodiesel is a fatty acid
methyl ester (FAME) which is produced from trans-
esterification of vegetable oil withmethanol. Glycerol emerges
as by-product and can be further used for food industry and
pharmaceutical applications.
Hydrogen production from biodiesel by means of reform-
ing can be achieved via partial oxidation (POX), steam
reforming (SR) or autothermal reforming (ATR). SR is the most
established technology among the available reforming op-
tions. A main advantage of SR is the high partial pressure of
hydrogen in the reformate gas, which allows the subsequent
fuel cell stack to operate with higher efficiency. In contrast,
the system complexity of an SR-APU system is higher
compared to an ATR-APU system resulting in increased sys-
tem weight, volume and costs. Regarding net electrical effi-
ciency, simulation studies of Specchia et al. and Martin et al.
report comparable values for SR- and ATR-APU systems in the
range of 30e39 % [9,10].
Various types of catalysts appear suitable for biodiesel
reforming, including noble, non-noble and bimetallic cata-
lysts [1,11]. Rh andNi catalysts are commonly considered to be
most suitable for steam reforming of liquid fuels [12]. The
main challenge related to biodiesel reforming is unwanted
coke deposition on the catalyst surface, resulting in perfor-
mance losses. Furthermore, catalyst deactivation can be
caused by sintering and/or sulfur poisoning [13]. Taking into
account that biodiesel has a relatively low sulfur content of
typically <5 ppm, coking and sintering are considered to be
the main causes of catalyst deactivation.
The reported literature treating hydrogen production from
biodiesel is almost entirely related to the ATR of biodiesel for
fuel cell applications [14e21]. Although promising concepts
have been identified, challenges remain with regard to
incomplete biodiesel conversion, formation of higher hydro-
carbons, catalyst coking and poor mixing of reactants. In
contrast, hydrogen production from biodiesel by means of
steam reforming is very recent and offers significant room for
further development [6,7].
Nahar carried out a thermodynamic analysis of biodiesel
SR and ATR using Gibbs free energy minimization method
[22]. The water-biodiesel molar feed ratio (WBFR) was varied
between 3 and 12, oxygen-biodiesel molar feed ratio (OxBFR)
between 0 and 4.8 and reaction temperature between 300 Cand 800 C at atmospheric pressure. Hydrogen yield and
selectivity were found to be highest for SR conditions with a
maximum hydrogen yield at WBFR ¼ 12 and T ¼ 800 C.
Increased coke selectivity is reported for SR compared to ATR
conditions.
Martin and W€orner report a plateau for thermal hydrogen
efficiency for a heat integrated biodiesel SR system (including
water gas shift and burner) of 76% at S/C ¼ 3 in the tempera-
ture range 700 Ce850 C [10].
Abatzoglou et al. investigated biodiesel steam reforming
using a newly developed Al2O3/YSZ supported NiAl2O4 spinel
catalyst [23]. Work was performed in a fixed-bed isothermal
reactor. Biodiesel/water was emulsified prior to being injected
at room temperature into the reactor preheating zone main-
tained at 550 C. The molar steam-to-carbon ratio (S/C) was
varied between 1.9 and 2.4, the temperature between 700 C
and 725 C and space velocity (SV) between 5500 and
13 500 cm3reacgcat
1 h1 at atmospheric pressure. Results show
that complete biodiesel conversion is achieved during 4 h of
operation at S/C ¼ 1.9, SV ¼ 5500 and T ¼ 725 C. Coke depo-
sition and catalyst deactivation were not observed.
Shiratori et al. evaluated paper structured catalysts (PSCs)
for steam reforming of biodiesel [24]. Catalytic activity of the
Ni-PSC could be significantly improved by NieMgO loading
and introducing Cs as an inorganic binder. The inorganic fiber
network of the PSC with a mean pore size of 20 mm leads to an
effective three-dimensional diffusion and a good dispersion of
the metal catalyst particles, resulting in efficient biodiesel
conversion. 50 h of biodiesel steam reforming was achieved
using a NieMgO loaded PSC at 800 C and S/C ¼ 3.5 with 90%
fuel conversion. Although formation of C2H4 could be avoided,
CH4 levels started to rise after 28 h of operation, indicating the
onset of catalyst deactivation. However, Ni agglomeration and
carbon deposition on the PSC were not observed. In a follow-
up study, the authors evaluated SOFC performance con-
nected with PSC in the direct feed of wet oleic fatty acid
methyl ester (C19H36O2). By application of two PSCs in series
(NieMgO loaded and Ru-loaded BaTiO3 containing PSC) prior
to a single cell SOFC, stable cell voltage has been observed for
100 h at 800 C and S/C ¼ 2. Carbon formation was not
observed on the SOFC anode surface nor on the PSCs. Data on
reformate gas composition prior to the SOFC is not available
[25].
Nahar and Dupont reviewed the use of steam reforming to
convert liquid bio-feedstock to hydrogen-rich product gas.
They consider liquid fuels to be a promising option for
hydrogen production, offering a range of advantages such as
existing infrastructure and high volumetric and gravimetric
energy density. According to the authors, biodiesel is among
the least explored liquid feedstocks for hydrogen production
[6].
The objective of this paper is to evaluate biodiesel steam
reforming at various operating conditions using a proprietary
precious metal based catalyst. The experimental study in-
cludes variation of the reforming temperature, pressure,
steam-to-carbon ratio, feed mass flow and catalyst substrate.
The main emphasis is placed on finding optimum conditions
for coke-free operation, thus avoiding catalyst deactivation.
The initiation of catalyst deactivation is evaluated in detail
including measurement of carbon deposition on the catalyst
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scopy). The present study contributes to a fundamental un-
derstanding of biodiesel steam reforming using noble-metal
catalysts, which has not yet been widely explored in the
literature.Methodology
Biodiesel properties and chemical reaction system
In this study, biodiesel produced by transesterification of
soybean oil (40%) and palm oil (60%) is used as a feedstock for
steam reforming experiments. A selection of physical and
chemical biodiesel properties is shown in Table 1. The
empirical formula C18.3H34.8O2 was derived from the fatty acid
spectrum (main components: oleic acid: 34.2%, palmitic acid:
30.9%, linolic acid: 26.0%).
Taking into account that oleic acid is the dominating spe-
cies in the fatty acid spectrum and considering that the molar
C:H:O-ratio of the corresponding FAME methyl-oleate
(C19H36O2) is similar to the C:H:O ratio of the commercial
biodiesel used in this study, methyl-oleate was chosen as a
model substance for biodiesel. Steam reforming of methyl-
oleate involves three independent equations, namely con-
version into carbon monoxide and hydrogen (Eq. (1)), water-
gas shift reaction (Eq. (2)) and methanation reaction (Eq. (3)).
C19H36O2 þ 17H2O/ 19 CO þ 35H2 DH298 K ¼ þ2645 kJ/mol (1)
CO þ H2O4 H2 þ CO2 DH298 K ¼ 41 kJ/mol (2)
CO þ 3 H24 CH4 þ H2O DH298 K ¼ 206 kJ/mol (3)
Whilst the steam reforming reaction is strongly endo-
thermic, the water-gas shift and methanation reactions are
exothermic. Obviously, at high temperatures the overall re-
action system is endothermic, thus requiring heat supply
from an external heat source. The reaction products are
mainly controlled by thermodynamics. High temperatures
and high steam-to-carbon ratios favor high hydrogen yields.
In contrast, the application of high pressure reduces the
achievable hydrogen yield [13].
Apart from the main SR reactions, unwanted coking can
occur (Eqs. (4)e(8)), leading to a blocking of the active sites and
subsequent catalyst deactivation. Elemental carbon can beTable 1 e Biodiesel properties.
Property Value Test method
Density at T ¼ 15 C (kg/m3) 878.6 EN ISO 12185
Sulfur content (ppmw) 1.5 ASTM 5453-09
Flashpoint (C) 132.0 EN ISO 2719
Lower heating value LHV (kJ/kg) 37 790 DIN 51 900-1,3
Fatty acid methyl ester content (ma. %) 99.5 EN 14103
Methanol (ma. %) 0.09 EN 14105
Free Glycerine (ma. %) <0.02 EN 14105formed directly from biodiesel, carbon monoxide and
methane or via polymerization of olefins/aromatics and sub-
sequent stepwise dehydrogenation [1]. The extent of the
coking reactions strongly depends on reformer operating
conditions such as temperature, steam-to-carbon ratio, gas
hourly space velocity, type of catalyst and reaction kinetics
[26].
CH44 C þ 2 H2 DH298 K ¼ þ75 kJ/mol (4)
2 CO4 C þ CO2 DH298 K ¼ 172 kJ/mol (5)
CO þ H24 C þ H2O DH298 K ¼ 131 kJ/mol (6)
C19H36O2/ C þ H2 þ CH4þ… DH298 K > 0 kJ/mol (7)
Olefines, Aromatics/ Polymers/ Coke DH298 K > 0 kJ/mol
(8)
Experimental test set-up
A schematic of the test rig is shown in Fig. 1a. Water and bio-
diesel are supplied to the system bymicro annular gear pumps
using mass flow controllers. Biodiesel at room temperature is
mixed into superheated steam (T ¼ 550 C) and fed to the
reformerwhere the catalytic conversion toH2, CO, CO2, CH4 and
H2O takes place. Conversion of the fuel to a hydrogen rich gas is
accomplished by using catalyst monoliths coated with finely
distributed platinum group metals. The catalyst comprised Rh
on a high surface area (140 m2/g), alumina based mixed metal
oxide support. It is coated onto the monolith at a loading of 2 g
catalyst/in3 with an overall Rh loading of 69.1 g/ft3. Carbon
depositionon thespent ceramicmonolithswasmeasuredusing
an elemental analyzer (EA5000, Jena Analytik). Therefore, the
catalyst piece as awhole is pulverized and thedeposited carbon
is oxidized to CO2, which is subsequently detected.
The catalyst monolith is mounted inside a stainless steel
tube and heated by an electrical oven. By placing four ther-
mocouples along the axis of the catalyst piece (Fig. 1b), the
temperature profile can be measured over time on stream.
The axial temperature profile provides valuable information
on catalyst activity. Shortly after initiation of the reforming
reaction, the temperature at the catalyst inlet drops due to the
endothermic heat demand of the steam reforming reaction. A
stable catalyst inlet temperature over time indicates stable
catalyst activity, whereas a temperature increase is accom-
panied by a loss of catalyst performance, which can be caused
by coking, sintering and/or sulfur poisoning.
Upon leaving the reformer section, water and unconverted
liquid fuel are condensed in a cold trap at T ¼ 10 C and stored
in a condensate reservoir. Before each experiment, the cold
trap is filled with 100ml of organic solvent (dodecane, mixture
of isomers). The fuel conversion rate FCR (Eq. (9)) is subse-
quently derived from gas chromatography (GC) analysis of the
organic phase that accumulates in the cold trap during the
Fig. 1 e Schematic of biodiesel steam reforming test rig (a) and cross section of ceramic catalyst monolith (b).
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reliable than determining the fuel conversion via the gas
phase. In addition, carbon deposition on the catalyst surface
and the tube walls and higher hydrocarbons leaving the cold
trap are considered for FCR calculations:
FCR ¼ mBD 

mBD;liq: þmC þmHCs

mBD
(9)
The amount of condensed biodiesel and its cracking
products in the cold trap mBD;liq: is derived from the area pro-
portion xBD;liq: in the gas chromatogram (which is assumed to
be equivalent to the mass proportion) and the amount of
dodecane mDod according to Eq. (10). The amount of deposited
carbon mC is obtained by flushing the system with air after
each test and detecting the resulting CO2 evolution. Higher
hydrocarbonsmHCs (C2eC4) passing the cold trap aremeasured
discontinuously via GC analysis.
mBD;liq: ¼ mDod$

1
1 xBD;liq:  1

(10)
Subsequent to the cold trap, any remaining moisture is
removed by an aerosol filter. The product gas flow ismeasured
with a mass flow controller before it enters the online gas
analyzer unit, which is equipped with an infrared absorption
detector for CO, CO2 and CH4 and a thermal conductivity de-
tector for the measurement of H2. System pressure is regu-
lated using a pressure controller.Parameters
Thermal hydrogen efficiency based on the lower heating value
(LHV) is calculated according to Eq. (11) (assuming that CO iscompletely converted into H2 by means of the water-gas shift
reaction):
hH2 ¼
_mH2$LHVH2
_mBD$LHVBD
(11)
The gas hourly space velocity (GHSV) at standard temper-
ature and pressure (STP) and the molar steam-to-carbon ratio
(S/C) are defined as follows:
GHSV ¼
_VFeed;STP
Vcat:
(12)
S=C ¼
_nH2O
_nBD;C
(13)
Results and discussion
Tests with ceramic based catalyst monoliths
27 steam reforming experiments (test duration: 2.5 h, bio-
diesel mass flow: 20 g/h) with ceramic based catalyst mono-
liths (l: 4 cm, d: 1.8 cm) have been conducted in order to detect
the influence of pressure, temperature and steam-to-carbon
ratio on hydrogen efficiency and carbon deposition. Pressure
has been varied in the range of 1 bare5 bar, temperature from
600 C to 800 C and S/C from 3 to 5.
In line with thermodynamics, a decline of the hydrogen
efficiency with increasing pressure and decreasing tempera-
ture was observed at S/C ¼ 3 and S/C ¼ 4 (Figs. 2a and 3a). At
S/C¼ 5, the lower contact time seems to outweigh the effect of
better thermodynamics in the low pressure range (Fig. 4a).
Increasing the S/C from 3 to 5 has a positive effect on
hydrogen efficiency at 600 C, whereas the positive effect is
almost negligible at 800 C.
Fig. 3 e Biodiesel steam reforming: Hydrogen efficiency (a) and coke deposition (b) at S/C ¼ 4.
Fig. 2 e Biodiesel steam reforming: Hydrogen efficiency (a) and coke deposition (b) at S/C ¼ 3.
Fig. 4 e Biodiesel steam reforming: Hydrogen efficiency (a) and coke deposition (b) at S/C ¼ 5.
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Fig. 5 e Biodiesel steam reforming: Equilibrium coke formation, a) p ¼ 1 bar, b) p ¼ 5 bar.
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decreasing temperature (Figs. 2b, 3b and 4b). This finding is in
agreement with published literature. Lin et al. report an onset
of carbon formation for ATR of biodiesel below 900 C,
accompanied by an increase in methane and ethylene pro-
duction [14,27]. Concurrently, Maximini et al. observed
increased carbon formation for a microchannel diesel steam
reformerwhen reducing the temperature from 800 C to 700 C
[28].
In line with literature findings, Aspen Plus calculations
based on minimization of Gibbs free energy show increased
coke formationwhen lowering the temperature from 900 C to
500 C (Fig. 5). At low S/C, coke deposition is maximal in the
range of 500 Ce600 C. The coke formation boundary at
elevated pressure (5 bar) is shifted slightly towards higher
temperatures and higher S/C.
Obviously, the experimentally derived coke deposition
(Figs. 2be4b) is higher than thermodynamically predicted
(Fig. 5). At the given boundary conditions of the preliminary
tests (T ¼ 600 Ce800 C, p ¼ 1 bar e 5 bar, S/C ¼ 3e5), carbon
formation is not expected at equilibrium conditions. Similarly,
Lin et al. [14] found that at S/C > 0.75 it is not possible to
predict carbon formation accurately by thermodynamicFig. 6 e Longevity test with ceramic based catalyst
monolith (T ¼ 800 C, p ¼ 5 bar, S/C ¼ 5), dry product gas
composition (dotted lines: equilibrium concentrations).equilibrium calculations. This can be attributed to heat
transfer limitations in the catalyst bed and reaction kinetics,
which will be discussed in more detail in chapter 3.3.
Longevity test with ceramic based catalyst monolith
Based on the preliminary experiments, a longevity test (100 h,
l ¼ 8 cm, d¼ 1.8 cm mBD ¼ 5 g/h) has been carried out at
operating conditionswhere coking on the catalyst surfacewas
found to be least severe (T ¼ 800 C, S/C ¼ 5, p ¼ 5 bar).
Although a stable product gas composition close to chemical
equilibrium could be achieved (Fig. 6), the axial temperature
profile changed significantly over time on stream (Fig. 7).
Fluctuations of axial temperatures are caused by pressure
fluctuations which are induced by periodical condensate
release. After the start of the reforming reaction, the catalyst
inlet temperature TA drops from 800 C to 723 C due to the
required endothermic heat demand. Shortly afterward, TA
starts to rise indicating a severe loss of catalyst activity due to
progressive catalyst deactivation. The reaction front moves
downwards in the axial direction. Within the considered time
range, a deterioration of the reformate gas composition was
not observed with regard to themain components H2, CO, CO2Fig. 7 e Longevity test with ceramic based catalyst
monolith (T ¼ 800 C, p ¼ 5 bar, S/C ¼ 5), axial catalyst
temperatures over time on stream.
Fig. 8 e Longevity test with ceramic catalyst monolith (T ¼ 800 C, p ¼ 5 bar, S/C ¼ 5), Scanning electron microscopy of the
catalyst surface.
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catalyst surface was sufficiently high to ensure equilibrium
gas concentration at the catalyst outlet.
Scanning electronmicroscopy (SEM) and energy-dispersive
X-ray spectroscopy (EDX) analysis of the catalyst surface show
sintering and coking (Fig. 8). Both sintering and coking occur
predominantly at the catalyst inlet, leading to a reduction of
catalytically active sites for biodiesel conversion. Deactivation
through cokingmight be caused by light hydrocarbons such as
ethylene and propylene which are known to be the main
precursors for coke formation [12,29]. Ethylene and propylene
can be produced by thermal cracking of biodiesel or by
decomposition of the fatty acids into saturated and unsatu-
rated hydrocarbons, which can then be further converted into
ethylene, propylene and other small hydrocarbons via
ethylene elimination, isomerization and hydrogen transfer
reactions [30]. In addition, double bonds present in the fatty
acidmethyl esters enhance the formation of aromatics, which
are coke precursors [22]. Temperatures higher than 750 C are
necessary in order to fully convert aromatic species [21].
Notwithstanding, higher hydrocarbons have not been
detected in the product gas due to sufficiently high catalyst
length, allowing for a complete conversion of higher hydro-
carbons into C1 products. In contrast, during the preliminary
tests at higher feed mass flow, light hydrocarbons (C2eC4)
have been detected in 10 out of 27 experiments in the outlet
stream.
It is assumed that the low temperature at the catalyst inlet
is themain cause of catalyst deactivation, since this favors the
evolution of light hydrocarbons and an incomplete conversion
of aromatics, resulting in catalyst coking. Concurrently, Lin
et al. report a deterioration of reforming efficiency as the
temperature at the front end of the catalyst bed is reduced due
to the application of a higher S/C [14].Longevity test with metallic based catalyst monolith
In order to improve the long-term stability of biodiesel steam
reforming, an experiment at similar conditions (T ¼ 840 C,
p ¼ 5 bar, S/C ¼ 5, mBD ¼ 5 g/h) has been conducted using a
metallic based catalyst monolith (l ¼ 5.1 cm, d ¼ 2 cm). The
metallic catalyst substrate offers the advantage of improved
heat transfer in both radial and axial directions, thus ensuring
a more homogenous temperature profile.
As can be seen from Fig. 9, stable product gas composition
near chemical equilibrium was achieved over 100 h. After
initiation of the reforming reaction, the inlet temperature TB
decreases by 38 C (compared to 77 C for the ceramic mono-
lith). Moreover, catalyst temperatures in axial directions are
stable during time on stream indicating high and stable
catalyst activity (Fig. 10).
Analysis of the unconverted biodiesel in the cold trap
revealed 98.7% biodiesel conversion. As can be seen from
Fig. 11, the biodiesel peaks in the GC chromatogram have
nearly vanished. 69% of the unconverted biodiesel can be
attributed to coke deposits on the catalyst surface and tube
walls, the remaining 31% is related to biodiesel and its
cracking products. No higher hydrocarbons have been detec-
ted in the product gas.
In summary, by increasing the control temperature from
800 C to 840 C and using metallic instead of ceramic catalyst
substrate, a significant improvement in catalyst stability could
be achieved. We assume that the high temperature at the
catalyst front end mitigates coke formation due to improved
kinetics of the gasification reactions, in particular the reverse
Boudouard reaction and the reaction of solid carbon with H2O
(Eqs. (5) and (6)). The following hypothesis is derived: As a first
step, coke is formed through decomposition of biodiesel (Eq.
(7)). Subsequently, the deposited coke reactswith H2O and CO2
Fig. 10 e Longevity test with metallic based catalyst monolith (T ¼ 840 C, p ¼ 5 bar, S/C ¼ 5), axial catalyst temperatures
over time on stream.
Fig. 9 e Longevity test with metallic based catalyst monolith (T ¼ 840 C, p ¼ 5 bar, S/C ¼ 5), dry product gas composition
(dotted lines: equilibrium concentrations).
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slower compared to the coke forming reactions in the given
temperature range, this will result in an accumulation of
carbon on the catalyst surface. Obviously, the accumulation is
induced at the catalyst front end. The decrease of coke
deposition with increasing temperature can be explained by a
stronger increase of the reaction rate of gasification reactions
compared to the coking reactions.
Taking into account the inverse relationship of the coking
rate to coke formed [31], a drop of coking rate will be caused at
the catalyst front end with time on stream. Carbon deposition
then progresses in the axial direction until a point is reachedwhere catalyst activity is significantly reduced due to a limited
availability of active sites. Subsequently, reformate gas
composition deteriorates, leading to an increase of methane
and the evolution of light hydrocarbons. Finally, the biodiesel
conversion rate decreases.
Feed mass flow variation
In order to better understand the effect of flow rate, a feed
mass flow variation has been carried out. As can be seen from
Fig. 12, the catalyst inlet temperature TB is stable for a bio-
diesel mass flow of 10 g/h over the whole temperature range,
Fig. 11 e Gas chromatography analysis (T ¼ 840 C,
p ¼ 5 bar, S/C ¼ 5).
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biodieselmass flow from 10 g/h to 15 g/h results in an increase
of the catalyst inlet temperature being initiated at a threshold
temperature of 730 C. When the inlet temperature is further
decreased from 730 C to 693 C, catalyst deactivation be-
comes more pronounced. This finding is in line with the
above-mentioned hypothesis stating that deactivation
induced at the catalyst inlet is the result of kinetic limitations
of the gasification reactions. At higher feed mass flows, the
kinetic limitations of the reverse Boudouard reaction and the
water gas reaction become more severe, resulting in a fasterFig. 12 e Effect of biodiesel mass flow variation on catalyst dea
p ¼ 5 bar, S/C ¼ 5).catalyst deactivation. Besides, formation of light hydrocar-
bons and aromatics is favored in the low temperature range.
Thus, the observations of Lin et al. [14] and Berry [32] that high
GHSV accelerates the formation of carbon can be confirmed
for steam reforming of biodiesel.When comparing Fig. 12with
Fig. 7, it becomes evident that the metallic catalyst substrate
shows improved performance over the ceramic substrate at
similar temperature conditions. Whilst the catalyst inlet
temperature remains stable at a biodiesel mass flow of 10 g/h
and a temperature of 730 C (Fig. 12), it rises sharply at a
similar inlet temperature of 723 C when using a ceramic
based catalyst monolith (Fig. 7).Conclusions
In this study, biodiesel steam reforming has been investigated
at various operating conditions including variation of tem-
perature, pressure, steam-to-carbon ratio and gas hourly
space velocity. By directly mixing biodiesel at room tempera-
ture into superheated steam (T ¼ 550 C), complete vapor-
ization of biodiesel could be ensured. Thereby, self-pyrolysis
and subsequent coke formation in the mixing zone was
minimized and fluctuations in reformate flow rate were
avoided.
Coke deposition on the catalyst surface and sintering are
determined as main causes of catalyst deactivation. Pre-
liminary experiments using ceramic catalyst monoliths indi-
cate increased coking tendency with decreasing temperature
which is in line with literature findings and thermodynamic
considerations. A longevity test at conditions where coking
was found to be least severe (T ¼ 800 C, S/C ¼ 5, p ¼ 5 bar)
showed a stable product gas composition. However, progres-
sive blocking of the active sites by coke deposition occurred.
By using a metallic catalyst substrate, a more homogenousctivation (metallic catalyst substrate, operating conditions:
i n t e r n a t i o n a l j o u r n a l o f h y d r o g e n en e r g y 4 0 ( 2 0 1 5 ) 9 5e1 0 5104axial and radial temperature profile could be ensured,
enabling higher catalyst inlet temperatures (>800 C). Hence,
coking of the catalyst was reduced to a minimum resulting in
stable catalyst performance over 100 h with 99% biodiesel
conversion. In addition, testswere carried out varying the feed
mass flow in the temperature range 690 Ce750 C indicating a
detrimental effect of high feedmass flows on catalyst activity.
The observed effect is more pronounced in the low tempera-
ture range. Moreover, the metallic based precious metal
catalyst shows improved performance over the ceramic based
catalyst at similar inlet temperatures.
Based on the experimental findings, it can be concluded
that catalyst deactivation primarily depends on catalyst inlet
conditions, in particular on inlet temperature and feed mass
flow per open area of catalyst. Thus, gas hourly space velocity
seems not to be an adequate parameter for determining coke
formation, as catalyst length does not play a crucial role in the
initiation of coking. Instead, feed mass flow per catalyst inlet
area and fluid velocity are proposed as appropriate criteria for
evaluating coking tendency.
The results of this study show that it is vital to ensure a
minimum threshold temperature of 750 C (assuming a feed
massflowperopenareaof catalyst of 31 g/h cm2) at the catalyst
inlet in order to avoid catalyst deactivation. Apart from
ensuring a threshold temperature, small biodiesel flow rates
are favorable in order to maintain high and stable catalyst
activity. At a given catalyst inlet temperature of 730 C a
thresholdmassflowof10g/h (corresponding toamassflowper
openarea of catalyst of 21 g/h cm2, a fluid velocity of 5 cm/s or a
gas hourly space velocity of 4400 h1) must not be exceeded.
Increasing the feedmass flow beyond the thresholdmass flow
causes immediate initiation of catalyst deactivation.
It has to be taken into account that high reformer temper-
atures, high steam-to-carbon ratios and low feed mass flow
rates are not favorable in termsof fuel processor efficiency and
system costs. Therefore a trade-off between high catalyst
durability and acceptable system costs must be found.
In the present study, catalyst deactivation of biodiesel
steam reforming has been studied in detail. Accordingly, op-
timum operating conditions have been derived. Stable bio-
diesel steam reforming has been shown, thus laying the basis
for reformerdesign studies targeting commercial applications.
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